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ABSTRACT

The production and transportation of petroleum fluids could be
severely affected by deposition of suspended particles (i.e.
asphaltene, paraffin/wax, sand, and/or diamondoid) in the
production wells and/or transfer pipelines. In many instances the
amount of precipitation is rather large causing complete plugging
of these conduits. Therefore, it is important to understand the
behavior of suspended particles during flow conditions.

In this paper we present an analysis of the diffusional effects
on the rate of solid particle deposition during turbulent flow
conditions (crude oil production generally falls within this
regime). The turbulent boundary layer theory and the concepts of
mass transfer have been utilized to calculate the particie deposition
rates on the walls of the flowing conduit. The developed model
accounts for the eddy and Brownian diffusivities as well as for
inertial effects.

The analysis presented in this paper shows that rates of solid-
particle deposition (during crude oil production) on the walls of the
flowing channel due solely to diffusional effects are small.

It is also shown that deposition rates decrease with increasing
particle size. However, when the process is momentum controlled
(large particle sizes) higher deposition rates are expected.

References and Illustrations at end of paper
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INTRODUCTION

Numerous experimental works have revealed the colloidal nature of
the heavy asphaltene fraction of a crude oil. We consider the
asphaltenes to exist in crude oil as both dissolved and suspended
particles (1, 2, 3). Dispersed asphaltenes are sterically stabilized
by neutral resins, they are electrically charged (4), and have a
diameter of 3040 A (5). The stability of these particles can be
disrupted by addition of solvents (i.e. n-heptane), it could also be
disrupted during flow conditions due to shear stresses, or by
counterbalancing the weak asphaltene particle charge. The latter is
an important phenomenon since during crude oil production a
streaming potential is generated which is believed to cause
asphaltene aggregation (6). When solvents are used to precipitate
asphaltenes, the resulting aggregates may have a diameter as large
as 300 u (7). In addition to asphaltenes there may be other types of
particles suspended in the crude oil as well. For instance, sand
particles swept from the reservoir matrix, paraffin crystals if the
temperature falls below the cloud point of the crude. andfor
diamondoids.

Production and transportation of petroleum fluids could be
severely affected by deposition of asphaltene (and other suspended
particles). In many instances the amount of precipitation is rather
large causing complete plugging of the flowing channel.
Therefore, it is important to understand the behavior of the
suspended particles (asphaltenes, sand, paraffin/wax, diamondoid
ctc.) during flow conditions.

This paper presents a theoretical analysis of the diffusional
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effects on the particle deposition with the utilization of the
concepts of mass transfer and the boundary layer theory. The
model presented here is intended to explain the solid particle
deposition on the walls of the well tubing (or pipeline). It
accounts for the Brownian and turbulent diffusion, and for inertial
effects.

THEORETICAL ANALYSIS

Substantial work has been done on the area of particle deposition
on the walls of channels or pipes in turbulent flow by many
researchers (8-15).

A key assumption in the development of the present model is
that a fully developed turbulent flow of crude oil has a structure as
proposed by Lin ef al. (8) From experimental observations, they
proposed a generalized velocity distribution for turbulent flow of
fluids in pipes, as depicted in Figure 1 of their paper. This
velocity distribution is comprised of three main regions [Details of
this generalization are given elsewhere, (8)]: a) A sublaminar layer
adjacent to the wall, b) The transition or buffer region, and c) the
turbulent core.

In the sublaminar layer, in which there is no turbulence or eddy
diffusion, particle flux is due to Brownian diffusion. Velocity
distribution and mass transfer in the turbulent core are governed
primarily by eddy diffusivities both of momentum and mass.
Whereas in the buffer region the mass transfer is governed by a
combined action of Brownian and eddy diffusivities.

It has been observed experimentally that even in the
sublaminar layer near the wall a slight amount of eddies is present
(8). However, it cannot be measured or correlated based on
experimental observations. Nevertheless, empirical correlations
have been proposed for the eddy diffusivity in the turbulent
boundary layer as we will see later. These correlations are based on
analogies with the laminar diffusion boundary layer (8,15).

The theoretical analysis that follows has been done for a
system of constant density, and viscosity. Therefore it is
applicable to the region above the bubble pressure where only the
liquid phase is present. However, it could be extended to the region
below the bubble point (gas-liquid) if reliable correlations for
viscosity and density versus pressure and composition are
available. Because of the scarcity of such correlations, and because
multi-phenomena occur in the two phase region of the well tubing
(1.e. release of the light ends of the crude. chemical composition
variation, etc) which affect the diffusivity of the suspended
particles, no attempt is made to extend this model to that region.
The assumption of constant viscosity, and constant density is
partly justified since density changes are not appreciable until the
bubble point pressure is reached inside the well. It is also assumed
that suspended particles are all of the same diameter, and that
interactions between them are only due to their Brownian and eddy
motion (i.e. we have neglected particle-particle interactions).

If we assume that the thickness of the boundary layer is very
small compared to the radius of the pipe, then we can neglect any
curvature effects.

Thus, the equation used to describe the particle flux, N, in terms
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of the diffusivities and the concentration gradient is:
N=(Dp+5) )

dr

. e CKeTy. v -

Dp  is the Brownian diffusivity (Dp = —=2=); KB is the
3ndu

Boltzmann constant (l.38X10'1sg«cm2/molecule-"K-s)
T is the absolute temperature; d is the particle diameter;
vy is the viscosity of the suspending medium.
€ is the eddy diffusivity
C is the particles concentration
r is the radial distance.

Equation 1 is subject to the boundary condition, atr = S, C = Cs.
Cs is the particle concentration at r = S, where S is the particle
stopping distance measured from the wall,

The concept of a stopping distance was first postulated by
Friedlander and Johnstone in 1957 (10). They argued that a particle
needs to diffuse only within one stopping distance from the wall,
and from this point on, due to the particle momentum, it would
coast to the wall. For small particles the stopping distance is
small compared to the boundary layer and consequently diffusion
dominates. The proposed expression for the particle stopping
distance is (10,11):

.. 0.05ppd?VavgVi/2 .4

€]
u 2
Pp density of particles
Vavg Crude oil average velocity
f friction factor

Equation 1 may be integrated following the procedure for the
calculation of temperature drop across a composite wall. We will
find the concentration profiles from point to point across the
boundary layer. That is. we will calculate the concentration
differences through the sublaminar layer, the buffer region and the
turbulent core. By adding these concentration differences we can
find the overall particle flux in terms of the average and wall
concentrations.

Before we integrate equation 1, we need expressions for N and €
as functions of the radial distance (r). Johansen, S.T. (15)
proposed the following correlation to express the eddy diffusivity
as a function of radial distance (r) for the sublaminar layer:

E=V _l'+_
11.15

rs5 (3)

v Kinematic viscosity of the fluid (crude oil)
r*  Dimensionless radial distance r* =(r VangfIZ )/ v

Note that Equation 3 is only valid for dimensionless radial
distances smaller than §, which is the limit of the sublaminar layer.
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The molar Flux, N, is taken to vary linearly from the wall to the
center line of the channel, as proposed by Beal (13):

N=No(1-2y @)
D¢

No

D}

Dy

particle flux at the wall

dimensionless well diameter DJ = (Do Vavg Y6/2 )/ v.
is the diameter of the well tubing

In order to utilize the above two expressions in the integration
of Equation 1 we must define another dimensionless variable,
5* = (s Vavg Y/2) /v, called the dimensionless stopping
distance.

Introducing all the new dimensionless variables and the

expressions for N and € into Equation 1, we get:

i sty [ﬂ + (_ri_)3] Vavg V72 8€
pg Lv 115 dr*

subject to the boundary conditions:

N=No(l- (5)

at rtr=st
at rt=35

C=C‘¢
C=0Cs

Rearranging Equation 5. integrating and applying the above
boundary conditions we find:

G- Q*-—F[MFI(S*&) 20175 T ‘5’2 s z(s*sa] (6)
avg V72
S=_Y_ is the Schmidt number.
D
1+_5_sl3 /3.1
Fi6*So=In I 1552/3)( ‘uls’35< ny‘inax\-l(]nss'é )
14.8%
11.15 ]]15 (7)
2s* 61734 ‘
Ban(1115
B |
j 1] -
Q(s*’sc).h 1115 n 15 ﬁm-l‘l—l.ﬁsya 1'
1+ s*_s¥8 1*‘ "
1115 1115 (8)

+Ban! ZL]]'—]S—E/B- 1,

Equations 6-8 describe the transport of suspended particles to
the wall in terms of the concentration difference between the limits

rt = s* (dimensionless stopping distance) and rt = 5 (limit of the

sublaminar layer)
The next step is the calculation of the particle flux between the
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concentration at r* = 5 and 1*= 30 (limit of the buffer layer). The
eddy diffusivity expression for the buffer layer was assumed to be:

€= [(-r‘—f-o.lm]v 5<sr'2% )
114
Integration of Equation 1, using Equation 9 for € gives:
1-019B S "-&’15:
0-Gm— M fnal & [ o 4P |22 gl <
Vavgﬂf_‘ ozl * D} "“"z‘*’h?—f*
10)
P3(s*5¢) = tan’! (-1?— ‘_Si_sjw) mn'l‘j_ '_S:dw) (11)
114 1-01923 114 1-01923

Equations 10 and 11 describe the particle transport in terms of the
concentration difference between the limits of the buffer layer.

The following step is the calculation of the particle transport
rate in terms of the difference between the concentration at I+ = 30
(upper limit of the buffer layer) and the bulk concentration (average
conc.). The eddy diffusivity for the turbulent core is taken to be
(15):

e=(04r)v rz% (12)

If we assume that at V=Vavg. C=Cavg, then we could integrate
Equation 1 using Equation 12 to obtain:

1+250mgSc) 5rng 130

Cavg - Can = [2_5 lr\{ 25} 5oy —]
BT0T r‘f/ o) e o e
(13)

Tivg is the dimensionless radial distance (measured from the wall)
where V=Vavg- Equation 13 describes the particle transport in

terms of the concentration difference between the bulk (average)
and the upper limit of the buffer layer.

So far, we have expressions for the three different regions (wall
layer, buffer layer, and turbulent core). Now they may be added
logether lo oblain an expression for N, in terms of Cavg. Ce+.
average fluid velocity, S*, and physical parameters of the system.

Until now, only dimensionless stopping distances (5*) less
than 5 have been considered. However, for particles large enough,
s* could be greater than 5. If so, then the preceding analysis is not
valid under these conditions. This difficulty may be overcome if
Equation 1 is integrated between the limits C = Cg+ at r* =§* and
C=Cyx at r* = 30 using the eddy diffusivity correlation for the
buffer layer (equation 9).

Introducing Equation 9 into Equation 1 and integrating using
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the assumptions noted previously, we get:

1.009035 412 S
C0-Cy+ - Np "" & |V2[p3(’ost)] (1]4)2 —LLL
Vavg 72} 101908 D5 |i-ovms .(ﬁzs;
14)
Al 2 _1‘ Vz}
F3 650 = tan (m lrt%—_{ ' as)

If st = S then Equations 14 and 15 reduce to equation 10 and 11.
Equation 13 still applies to the turbulent core.

For particles with a dimensionless stopping distance:

0<S8 <5

We add equations 6, 10, and 13, to obtain an expression for the
mass transfer coefficient defined as No/( Cavg - Cs+ ) =K. K is the
transfer (transport) ccefficient and has dimensions of velocity
(cm/sec). The expression for the transport coefficient obtained is:

1/3 E
201152 & [m‘,‘so]

‘ ——-—Pz@‘ -
ey mlldiﬁs_pu,sd ,sdlu]olm
avg ‘“"21( »,msc , (254125 ,{‘*2—5'&3 5% 150
1+ 0.000067 Sc [ Sc) 1+75% 06
(16)

Fl. F2 , and F3 are the same as defined previously.

For particles with a dimensionless stopping distance:
5<S8" <30

We add Equations 14 and 13, solving for K we get:

Vavgﬁ

1/ . (”‘)2 1-019235 + &
"“‘Tﬁ A eva0) - 1AE = ‘____(“_4’2_

1019215“(5‘ &
‘ JH_)I'{IQ%S;:;: Srﬁ:s ][%

F, is the same as previously defined

1”7

With the previous analysis we have found analytical
expressions for the mass transfer coefficient for different particle
sizes in terms of the dimensionless stopping distance.

Next we must account for inertial effects. Beal (13), proposed
the following expression to account for inertial effects [details
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giyen elsewhere (13)]:
Kp = No _ ﬂ (18)
Cavg K+ po
Kp  was defined by Beal as the deposition coefficient (mass
transfer coefficient which contains the inertial effects, No is
as previously defined)
p 1s the asphaltene-particle sticking factor ( taken as 1)
9 is the average velocity of the particles near the walls, and

consists of two parts:
O=0r+0p;
U3 is the component due to particle Brownian motion.

1/2 + +
195=(%) ; =V’%@-[ﬁf(d+/z)+ﬁf(s*)]

where m is the particle mass, O7(d*/2) is the particle

Of is the component due to fluid motion and

velocity at a dimensionless radial distance d*/2;
d* is the dimensionless particle diameter; 8§ (S*) is the
particle velocity at a dimensionless radial distance S°*

(dimensionless stopping distance). The quantity 13? can
be calculated using expressions proposed by Laufer, (1954):

8§ =005+ for 0 <r+ 210
O =05+00125(+-10) for 10 s+ =2 30

=d*2 and rt =st
considering this we may use either expression for 13?.

The particles can be anywhere between r*

The analysis for particle deposition onto the walls of a flowing
channel from turbulent fluid streams is concluded by taking into
account the inertial effects as in Equation 18. At this point all the
parameters influencing the deposition rate (Brownian diffusivity,
eddy diffusivity, and inertial effects) have been taken into account.

COMPARISON OF THE PROPOSED MODEL WITH
EXPERIMENTAL DATA AND OTHER MODELS

In order to apply the preceding analysis to particle deposition
during turbulent flow production operations we must compare the
theoretical predictions against some experimental data.
Unfortunately experimental data for particle deposition from
turbulent flows is very scarce. There is however more data for
deposition from aerosols than from liquid suspensions. We do
comparisons here for particle deposition from turbulent gas
streams.

The results of this analysis for particle deposition from
turbulent fluid streams are in good agreement with the experimental
deposition rates for iron particles in air (10,11). The predictions
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of the present model show a better agreement with the mentioned
experimental data than the models proposed by Friedlander and
Johnstone (10), and Beal (13).

Figure 1 shows a comparison of the proposed model
predictions with the experimental data and model proposed by
Friedlander and Johnstone (10) for 0.8y iron particles suspended in
a turbulent air stream at 298°K (pipe diameter is 0.54 cm). It can be
seen the fairly good agreement of the predicted deposition rates
with experimental data. [t is also noticeable the better prediction
capabilities of the present model compared to those of Friedlander
and Johnstone (10). In Friedlander and Johnstone model,
Brownian diffusion is not taken into account; il only takes into
consideration the particle momentum and eddy diffusion as the
governing mechanisms for particle mobility. The reasons for the
good predictions of the present model are attributed to the fact that
it takes into account Brownian diffusion as well as the other two
parameters (particle momentum and eddy diffusivity). The particles
studied by Friedlander and Johnstone (0.8)l) are small enough to be
affected by Brownian diffusion, therefore, it cannot be neglected.

Figure 2 shows a comparison of the present model predictions
with the experimental data of Friedlander and Johnstone for iron
particles in air (10,11), and with the model proposed by Beal (13).
Although, Beal's model also takes into account Brownian
diffusivity, however, it utilizes a different expressions for the eddy
diffusivities in the sublaminar layer and in the buffer region. It
also uses a different expression for the turbulent core. It can be
seen from this figure that the proposed model posses better
prediction capabilities.

Figure 3 shows the experimental deposition coefficient data
(10,11) for 0.8 and 1.57y iron particles suspended in a turbulent
air stream at 298°K (pipe diameter is 1.3 cm). It also shows the
experimental data for 1.81u aluminum particles suspended in a
turbulent air stream at 298°K (pipe diameter is 1.38 cm). From
Figure 3 one can notice the fairly good prediction capabilities of
the proposed model for all the three sets of data.

In Figure 4 we examine the effect of pipe diameter on the
transport coefficient. The results presented in this figure
correspond to 0.8p iron particles suspended in flowing air at
298°K. As we can see from Figure 4 there is a dramatic decrease in
the transport coefficient as the diameter of the pipe increases. This
s not surprising, since the larger the diameter the longer the
distance particles have o travel prior to deposition.

We have also studied the effect of particle diameter on the
transport coefficient for various Reynolds numbers as reported in
Figure 5. These results were obtained for iron particles in air at
298°K flowing through a pipe of 0.54 cm inner diameter. From
this figure we can notice that the curves have the same shape as
those predicted by Beal (13) for Aitken nuclei. drops of tricresyl
phosphate, and polystyrene spheres. There is no numerical data for
these particles reported in Beal's paper and no experimental data for
iron particles. As a result we may conclude that this analysis for
the effect of particle diameter is qualitatively correct. From Figure
S we can notice a decrease in transport coefficient with increasing
particle diameter and at a certain particle diameter a minimum is
reached after which a sharp increase in the transport coefficient is
observed. An explanation for this is that in the left-hand-side of
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the minima (small particles) the process is diffusion controlled
whereas in the right-hand-side of the minima (large particles) the
process is momentum controlled.

MODEL PREDICTIONS FOR SOLID PARTICLE DEPOSITION
INSIDE TUBINGS AND WELLS

Despite the good agreement of the present model predictions with
experimental data of Friedlander and Johnstone (10,11), it does not
indicate that it could be applicable to predict the behavior of solid
particles in turbulent flow production operations. In order to
justify the validity of the proposed model for this purpose one has
to determine experimentally the solid particle deposition
coefficients in a turbulent crude oil flow, and compare them with
the model predictions. However, no experimental data is reported
in the literature regarding this subject. Therefore, we believe the
model is good enough to make, at least, qualitative predictions of
the solid-particle deposition coefficient from turbulent crude oil
flow, and is used as such.

Figure 6 shows the predicted transport coefficients for solid
particles as a function of particle diameter for various crude oil
production rates. The particle sizes analysed ranged from 504 w
200u. The results presented in this figure were obtained for a crude
oil with a gravity of 30.21°API and with a kinematic viscosity of
11 centi Stokes. We can notice from Figure 6 that the transport
coefficients are in general small except at high production rates and
for very large particles. As in Figure S we notice a minimum after
which the transport coefficient increases more rapidly with
increasing particle diameter this is due to the fact that at this point
the deposition process is momentum controlled. Judging from
Figure 6, the amounts of particle deposition expected from
turbulent crude oil production may be very small when the diameter
of the suspended particles is less than 1p. However, higher
amounts of deposition may be expected when the suspended
particles have diameter larger than 1u specially at high production
rates when the turbulence is very high.

We performed model predictions varying the kinematic
viscosity of the crude oil to study the effect of this parameter on the
deposition coefficient. Figure 7 shows the predicted values for a
crude oil containing suspended particles of 1 in diameter. We can
see a decrease in the deposition coefficients with increasing
kinematic viscosity. This means that the lighter the crude oil the
higher the probability of having particle deposition. We also
notice an increase in the transport coefficient with increasing
production rate. However, these predicted values are still very
small.

CONCLUSIONS

The model developed for particle deposition onto the walls of a
pipe from a turbulent fluid stream shows a fairly good agreement
with the available experimental data. Furthermore, the agreement
with the experimental data is better than the models proposed
earlier by Friedlander and Johnstone, and by Beal. For these
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reasons, it can be used to predict solid particle deposition rates
from turbulent flow production operations, in a qualitative fashion.
The effect of particle size on the deposition coefficient was
investigated finding that when the deposition process is diffusion
controlled (particles with diameter < 1p) the predicted values are
very small. However, when the deposition process is momentum
controlled (particles with diameters > 1j1) the predicted values for
the transport coefficient increase more rapidly with increasing
particle diameter. We also investigated the effect of crude oil
kinematic viscosity on the transport coeficient. We found that
transport coefficients dcrease with increasing crude oil kinematic
viscosity. For kinematic viscosities 12.16 ¢St the predicted
transport coefficients are negligible for suspended particles of 1.
We also found that transport coefficients increase with increasing
production rate this is due to the fact that at larger production the
amount of eddy diffusion is bigger. The proposed model can be
used for various cases of particle depositions from turbulent flows
whether it is asphaltene, paraffin/wax crystal, or sand so long as
the particles are neutral and their sizes are stable and there are no
phase transitions occurring in the flow. However, in cases where
such changes are occurring in the system this model will require
substantial modifications.
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Figure 1. Comparison of the proposed model with the experimental
data and model proposed by Friedlander and Johnstone (10) for
0.8y iron particles suspended in a turbulent air stream at 298°K.
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Figure 3. Comparison of thge proposed model prediction with
Friedlander and Johnstone's data (10) for various particles in air.
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Figure 5. Effect of pipe diameter on the transport coefficient for
0.8y iron particle suspended in a turbulent air stream.
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